Numerical simulations are performed on the flow of fine, polydisperse droplets of acetone ejected from a round jet of air into an ambient turbulent, uniform co-flowing air stream. The objective is to validate the numerical model by comparing the predictions with experimental measurements of a well defined evaporating spray configuration (Chen et al., Int. J. Multiphase Flow 32(2006), 389-412). The carrier-phase is considered in the Eulerian context, while the dispersed phase is tracked in the Lagrangian framework. Various interactions between the two phases are taken into account by means of a two-way coupling. The stochastic separated flow (SSF) model is adopted for the spray calculations. The gas-phase turbulence terms are closed using the standard k-ε model. The spray evaporation is described using a thermal model with an infinite-conductivity.
root-mean-square SMD Sauter mean diameter characterised for simple, polydisperse, two-phase jet flow laden with either solid particles [13] or liquid particles [14, 15] . Using phase-Doppler and laser induced fluorescence (PLIF) technique, Ferrand et al. [14] studied the effect of gas-droplet velocity correlations and two-phase interaction in an axisymmetric jet with low volume fraction of the dispersed phase but large droplet mass-loading. Recently, Chen et al. [16] studied the dependence of evaporation on the droplet size in a polydisperse spray in a simple configuration using phase Doppler interferometry (PDI) and provided detailed measurements of the spray properties for various droplet classes, at different axial locations including the spray exit-plane. Numerical simulation of turbulent two-phase flow is generally performed using one of the following two approaches [17, 18] : 1) the Eulerian-Eulerian, in which the dispersed phase is treated as a fluid in much the same way like the carrier phase, namely by a set of continuum equations describing the conservation of mass, momentum, and, energy [19, 20] ; or, 2) the Eulerian-Lagrangian approach in which individual particles are tracked through a random flow-field by solving individual particle equation of motion [21] [22] [23] [24] . This paper is devoted to the latter of the two approaches. In principle, the Eulerian approach is very easy to apply but the major draw-back is the constitutive relations/closure approximations necessary to solve the governing equations are mostly heuristic/empirical. Moreover, the evolution of the droplet diameter distributions remains difficult to predict in the Eulerian approach, but can be readily introduced in a Lagrangian approach. Also, the Lagrangian description of the dispersed phase allows one to account for the instantaneous flow properties encountered by the particles, and thus involves each particle history starting from its injection into the flow field. Berlemont et al. [21] have reported that the influence of the droplets on the gas-phase turbulent energy is mainly due to the presence of the particles, rather than the extra source term due to the droplet evaporation. Also, they have indicated that the turbulence widens the range of droplet diameter distributions particularly near the jet edges. Sommerfeld [23] successfully performed experimental and numerical study of different low-speed turbulent spray configurations and, thoroughly examined the effects of droplet collision, coalescence, and, droplet-wall interactions. The numerical results were validated against experimental measurements for different spray configurations. It has been observed that the droplet dispersion is noticably reduced in the presence of evaporating droplets compared to non-evaporating case. Also the smaller droplets with significant dispersion are sufficiently vaporized than the larger droplets [24] . Dukowicz [25] proposed a stochastic approach to consider turbulence dispersion of droplets. This has been subsequently extended to simulate thick sprays by O'Rourke and Bracco [26] , and modified by Gosman and loannides [27] . However, this model is essentially an isotropic droplet-dispersion model. Other complex dispersion models have also been developed, based on higher-order turbulence closure which accounts for anisotropy [22] . Early numerical simulation concerning particle dispersion in a shear layer suggests that the particles can mix faster than the gas-phase over a certain range of Stokes number (St) [28] . Both experimental and numerical investigations have shown that the presence of large vortex structures and their pairing interactions lead to a size-selective dispersion behavior such that the droplets with Stokes number near unity (St∼1.0) exhibit the maximum dispersion. However, in these numerical studies the extent of evaporation in the spray has been indirectly determined by following trends of the mean droplet size at different axial locations. None of the reported numerical simulations have extensively validated their results for the various droplet classes. Experiments on polydisperse spray reveal that different droplet classes exhibit quite different behaviour. Therefore, it becomes imperative to validate the existing numerical models available for the evaporating spray against experimental measurements of a polydisperse spray jet for different droplet classes.
A two-phase spray jet possesses inherent complexities such as droplet/turbulence interaction, which further gets complicated by the droplet-evaporation process. A turbulent evaporating spray jet is therefore chosen for investigation with specific focus on issues related to droplet dispersion and evaporation. The motivation behind the present work is to develop an Eulerian-Lagrangian formulation and validate different submodels for processes such as, the gas-phase turbulence, droplet dispersion and droplet evaporation. Such a model would serve as the basis for further investigations of, say a reacting spray. In order to validate the present numerical approach, we have modelled the polydisperse evaporating spray jets studied experimentally by Chen et al. [16] . This simple configuration eliminates certain modelling difficulties that are often encountered near the exit of the spray injector, such as, flow-recirculation, highinjection speed, dense spray effects etc. Also, the volume fraction of the dispersed phase is ensured to be small enough to assure that dispersion is governed by the turbulent flow only, and, hence inter-particle collisions are negligible. Owing to the simplicity of configuration and clarity in data, Ref. [16] offers a suitable benchmark problem to validate existing numerical models. Therefore, the objectives of the present work may be stated as the following: 1) to validate different empirical models used in the spray calculations, such as, droplet evaporation, dispersion etc., 2) to compute different droplet number mean properties for different droplet classes and validate with the existing experimental measurements [16] , 3) to study the dispersion and evaporation of liquid droplets. The remainder of this article is organized as follows. In Sec.2, the physical configuration of the spray jet is described. The governing equations for the gas and liquid-phase and the interphase coupling are briefly discussed in Sec.3. Sec.4 presents details of the gas-and liquid-phase numerics, and, the boundary conditions. Results of the present spray calculations are presented and discussed in Sec.5. Finally, Sec.6 summarises the major conclusions of the present study.
PHYSICAL CONFIGURATION
The experimental configuration for the spray jet used by Chen, et al. [16] is shown in the Fig.l . Pressurised liquid acetone is fed to a concentric nebulizer of glass, to produce dispersed, fine droplets. These droplets are removed from the nebulizer by a stream of air and carried vertically upward through the nozzle tube. The spray nozzle of diameter d jet = 9.8 mm is placed at the exit plane of a wind tunnel, which provides a uniform annular coflow with a mean velocity of 3 m/s (2% relative turbulent intensity) and temperature of 298 K. The diameter of the test section of the wind tunnel is 150 mm. The liquid acetone starts to evaporate inside the nozzle itself. Liquid acetone is having density of 792 kg/m 3 , boiling temperature of 329.4 K. Two different spray configurations are studied those corresponds to the LFS (Low velocity, Fine droplet size, Sparse loading) and HFS (High velocity, Fine droplet size, Sparse loading) cases as described in Ref. [16] as listed in Table 1 . In the present simulations, we have taken the nozzle exit condition (z = 0.5d jet ) as given in Ref. [16] , as the condition of the spray jet at the inlet section.
MATHEMATICAL FORMULATION
The governing equations used for solving the physical problem under consideration are given in this section. An Eulerian-Lagrangian based Stochastic Separated Flow (SSF) method has been adopted, where, the Eulerian method is adopted for the continuous gas-phase, whereas the Lagrangian method has been applied to model the liquid droplets. The effects of slip between the phases, finite-interphase transport, and turbulent fluctuations on the liquid droplets are considered in the simulations. An infinite-conductivity thermal model is used for the spray evaporation. The liquid phase formulation essentially follows the line taken in Ref. [29] . 
Gas-phase governing equations
The gas-phase is modeled by the Favre ensemble-averaged Navier-Stokes equations, with the turbulence terms being closed using the standard k-ε model [30] . The conservation equations of different flow variables may be written in a generalised form as,
In Eq.(l), Γ φ , is a generalised viscosity and S . φ , S . φ,p are the usual volumetric source terms within the continuous phase and those due to interaction between the phases respectively. In Table 2 , these terms are listed for different variables φ = {1, u, k, ε, T, Y α }. Note that the commonly used notation of tildes for representing mean flowvariables is not employed here. These equations are closed using the k-ε model with standard values for empirical constants (Table 3 ).
Liquid-phase governing equations
Herein we employ the stochastic particle method [25] , in which the liquid phase is represented by a large number (N tot ) of discrete computational 'parcels', spread over the entire flow-domain. The p-th computational parcel represents a finite number (N p ) of droplets of identical properties, such as, droplet location (x p ), diameter (D p ), velocity (v p ) and temperature (T p ). The liquid droplet parcels are continuously introduced at the nozzle exit with specified initial conditions, namely, {x p , N p , D p , v p , T p } t 0 for t 0 > 0. The subsequent time-evolution of parcel-properties, namely, {x p , D p , v p , T p } t 0 + t is sought, and tracked in a Lagrangian framework, by solving a set of ordinary differential equations for every parcel. These evolution equations include the effects of drag on the droplet motion, as well as heat and mass transfer associated with the evaporation of droplets.
In the present work, the spray is assumed to be dilute, meaning that the droplet volume fraction is relatively small, of the order of 10 −5 . Then the effects of interaction between the droplets may be neglected. Further, the Weber number is assumed to be small enough to prevent any break-up of parcels. Hence, the number of droplets in each parcel N p remains unchanged. However, it is noted that the effects of interaction (exchange of mass, momentum and energy) between the droplets and the gas-phase are included in the analysis. Possible rotation of droplets, as well as any motion inside a droplet, are both neglected. Also, it is assumed that the forces on the droplet due to 1) the pressure gradient in the flow, 2) the added mass and 3) the Basset history, are negligible, since the flow Mach number is low, and density ratio is high (ρ l /ρ ∼ 620). Finally, the thermal conductivity of the droplet phase is assumed to be much greater than that of the gas-phase, leading to the condition that the temperature within a droplet may be taken as uniform. Table 3 : Empirical constants used in k-model. 
The equations governing the evolution of the state of the p-th parcel are, Location:
(2) Momentum:
Mass:
Energy:
is the total number of parcels in the entire flow-domain at a given instant of time t. It may be noted that N tot (t) may vary in time, due to, a) the droplets leaving the flow-domain, b) the diameter of an evaporating droplet decreasing below a cutoff value, or, c) new droplets entering the flow-domain at the nozzle exit. The first term on R.H.S. of Eq.(3) is due to the aerodynamic drag and the second is due to buoyancy force. The drag coefficient C D is determined using the standard empirical correlations [1] for a rigid sphere: (6) where, the droplet Reynolds number based on the slip velocity is defined as, Re p = ρ|u
Other variables appearing in these equations are evaluated as follows.
1. The first term in the R.H.S. of Eq.5 is the convective heat transfer rate at the droplet surface, which is obtained using Ranz-Marshall correlation as,
2. In Eqs.(4, 5), Nusselt number (Nu p ) and Sherwood number (Sh p ) refer to a parcel in a convective flow are obtained using the following empirical correlations [1], 
The Spalding mass transfer number defined as
where, Y F , and Y F,S are the vapor mass fraction at the far-field (meaning, at the nearest gasphase node), and at the droplet surface, respectively. The value of Y F,S is determined based on the Clausius-Clapeyron equation describing a local vapour-liquid equilibrium. 4. Dynamic viscosity of the gas-phase µ g , thermal conductivity of the gas-phase λ g and mass diffusivity of vaporised liquid in air (ρD) g are calculated using the Sutherland formula. 5. Specific heat of the gas-phase C pg is evaluated using the NASA polynomials. C pl, L v are the specific heat and latent heat of vaporisation of the liquid respectively.
Turbulent dispersion of droplets
The effect of turbulence on the droplet motion is considered by a stochastic approach which is introduced by Dukowicz [25] . According to Dukowicz, in the droplet equations (say, p-th), the local and instantaneous gas-phase velocity is estimated by adding a fluctuating component, u′ p , to the computed mean gas-phase velocity u. In order to account for the effect of droplet dispersion, the turbulence structure of the gas-field is modelled by a random process along the droplet trajectories [27] . In this approach, the fluctuating component of the gas turbulent velocity u′ p is obtained once in every turbulence correlation time τ turb,p but otherwise held constant. The droplet correlation time is taken as the shorter of the eddy breakup time and the time taken by the droplet to traverse an eddy:
Whenever this correlation time is elapsed, the droplet enters a new eddy. The fluctuating component of velocity u′ p at any given location is obtained by randomly sampling a Gaussian distribution with a standard deviation of (9)
The turbulence information required to evaluate the u′ p is determined from the local kinetic energy (k) field available at the most recent time-level. The velocity fluctuation u′ p remains constant over the period of the droplet-eddy interaction. If the timestep, ∆t< τ turb,p , the fluctuating component u′ p is added to the local mean gas velocity u when calculating the exchange of mass, momentum, and energy between each parcel and the gas. Otherwise, when ∆t >τ turb,p , turbulent changes in droplet position and velocity are chosen randomly from probability distributions for these changes as described by O'Rourke [31] .
Gas-liquid interaction terms
The effects due to interaction of the spray parcels with the background gas-phase, are modelled using the particle-in-source cell (PSI-cell) approach introduced by
Crowe et al. [32] . Listed in Table II are the different source terms (S . φ, p ) appearing in the gas-phase equations (1) . These are evaluated within each control volume δ V using the total number of droplets in each parcel, N p , at every time level [33] . It is noted that, there may be many parcels within a control volume, and hence, these terms must be summed over all such parcels.
NUMERICAL METHOD 4.1. Details of gas-phase numerics
The mean flow is assumed to be axisymmetric. The spray jet is described in a cylindrical coordinate system (r, θ, z), while the components of the mean and r.m.s. of fluctuating components of the velocity are denoted by (v r , v θ = 0, v z ) and (v′ r , v′ θ , v′ z ) respectively. The computational domain in the radial-and axial directions is considered to be extending to about 15 and 40 times the diameter of the spray jet. A non-uniform mesh is employed in the radial and axial (r, z) directions respectively. The mesh is refined near the axis, around the shear-layer region. The gas-phase equations are solved using a pressure-based, fully elliptic, finite volume formulation in a polar cylindrical coordinate system. The spatial diffusion terms are central-differenced, and the advective terms are upwind-differenced with the Koren limiter (κ = l/3) scheme. The second order explicit Adams-Bashforth scheme is employed for time-integration of the advection-and diffusion terms. The source terms are integrated with a semi-implicit scheme. The Poisson equation for pressure correction is directly solved with a radix-method using the FISHPAK solvers [34].
Details of liquid-phase numerics
The governing equations (2, 3, 4, 5) for the liquid spray parcels are solved in a Cartesian co-ordinate system. This avoids the problem of singularity along the centerline, which may arise due to the possibility of a parcel being located at r = 0. Then the gas-phase velocity terms appearing in the droplet equations must be suitably transformed to the Cartesian coordinate system. Similarly, the source terms S . φ, p of the gas-phase equations are calculated after the parcel velocities v p are transformed to the polar cylindrical coordinates.
The equations governing the droplet particle motion are integrated using an implicit method. However, time-integration of the mass-and energy equations is performed using the method of fractional steps [29] , such that fastest process, namely evaporation of the droplet-phase, is adequately resolved. First, the maximum heat that can be absorbed by the droplet before it thermally equilibrates with the surrounding, is calculated. Then, the convective heat transfer is limited to 50% of this allowable heat absorption. This leads to an estimate of the maximum timestep ∆t ev that may be taken to integrate the mass-and energy conservation equations of the droplet parcel.
All the variable gas-film thermophysical properties (e.g., µ g , λ g , (ρD ) g , C pg ) appearing in the droplet-phase equations are evaluated at the reference state according to the "1/3 rule" [35] 
All the liquid phase properties are estimated at the droplet temperature. The gas-phase properties appearing in the liquid-phase governing equations {u, k, ε, T, Y α } are obtained at the instantaneous droplet location using second-order interpolation.
Choice of overall timestep
Since an explicit method is used for time-marching, the maximum value of the discrete time step is limited by numerical stability criteria for advective and diffusive terms in the gas-phase equations. The actual time step used is taken as a factor of this value (typically 0.25) in order to account for the nonlinearities, whereas, that for the liquid parcels is chosen to be 25% of the smallest of the relevant time scales for the Lagrangian particle motion, namely:
1. the time τ res required for a particle to cross its current control volume δ V , 2. the droplet response time τ p = 4ρ l D 2 p /(3µ g Re p C D ) = ρ l D 2 p /(18ρ g ν g ) (for a constant C D = 24/Re p ), 3. the integral time scale of turbulence along the droplet trajectory, which varies like τ e = 0.16k/ε.
Finally, the smaller of the Eulerian-and the Lagrangian timesteps is chosen as the overall timestep ∆t for the time-advancement of the solution.
The liquid parcel properties {x p , v p , D p , T p } n are updated before the start of every gasphase timestep. The source terms S . φ, p within a control volume are evaluated using the PSI-cell approach [32] , summed over the total number of droplet parcels located within that control volume.
Injection of liquid parcels
New liquid parcels of uniform mass, are continuously introduced into the computational domain at the exit of the nozzle. The radial profiles of the droplet axial (mean and fluctuating) velocity component, and droplet diameter distribution that satisfy the overall data of Table 1 , are necessary for the simulations. These are extracted from Figs. (3, 4) of Ref. [16] . In the present set of simulations, the total number of stochastic parcels injected is chosen around 2-4 × 10 5 /s. The distribution of droplet-size at the exit of the nozzle is assumed to have a χ-squared form [29] , determined from a specified Sauter Mean Diameter profile prescribed at the nozzle exit [16] . This yields the total number of droplets within each parcel N p for a given droplet diameter D p . Subsequently, during the time-evolution, the parcel is discarded whenever 1) the parcel mass reduces to 0.001 times of its initial mass, or 2) the parcel leaves the computational domain.
The sensitivity of the predicted results to the nozzle exit conditions, namely the size/velocity distribution of the droplets, is a critical issue. Uncertainty of experimental data is reported [16] to range within 2-4%. Recent numerical study on particle-laden flow [36] indicates that the boundary condition exerts pronounced effects on predictions. This aspect needs to be investigated further.
Boundary conditions and other details
Gas-phase velocity u, temperature T, and, species mass fractions Y α are prescribed using the experimental data [16] at the nozzle exit. At the solid wall, the no-slip and adiabatic conditions are applied, whereas along the centerline, the symmetry condition is applied.
Other boundary conditions for the liquid parcels are specified as follows. At the inlet, the parcel velocity v p and the diameter D p are specified according to the experimental conditions [16] . Whenever a liquid parcel crosses the center line, it is replaced by another parcel with identical properties entering at this location with an equal radial velocity in the opposite direction. Also, an elastic reflection (v p ⋅ n) t + ∆t = −(v p ⋅ n) t is assumed whenever a liquid parcel interacts with the solid wall (here n is a unit normal directed outward of the wall). A "drift correction" is applied to the turbulent dispersion model in order to avoid an artificial accumulation in mass-flux predictions at the centreline [22] . Computations are carried out with a parallel code using the domain decomposition technique with MPI commands. The code has been tested to run on both a PC-cluster as well as on an IBM-P270 parallel computing system.
RESULTS AND DISCUSSION
In this section, first, certain numerical aspects, such as, grid independence, convergence etc are briefly discussed, followed by the validation of the numerical results by comparison with experimental data.
Grid independence, convergence
The initial flow field is generated without the spray parcels. Thereafter, the spray parcels are introduced at the nozzle exit, and their subsequent evolution is tracked throughout the flow-field. For the calculation of the particle phase mean properties, a large number of parcels, typically, around 2,50,000 are traced throughout the flow field at any given instant of time. The simulations are considered to have reached a time-invariant state when the r.m.s. residual value of the continuity equation reduces to less than 10 −10 . Thereafter, the flow-statistics are collected over next 2 s with the intervals of 0.0001 s. Here, we have reported results of the computations employing 64 × 128 control volumes (of non-uniform size) in the radial-and the axial direction respectively. It is ensured that these results are independent of further refinement in the mesh and parcel numbers.
Numerical results for the gas-phase
Initial mass-loading ratios of the present spray jets φ = m . l /m . g (liquid-to-gas exit mass flow ratio) are about 0.015. Comparisons of the centreline axial evolution of the mean gas-phase velocity and kinetic energy for the cases φ = 0 and φ = 0.015 show only a marginal difference. This is due to the fact that the initial mass loading in the present case is very small. However, for higher mass-loading (φ = 0.73), Ferrand et al. [14] reported significant differences in the axial evolutions of the centreline gas-phase axial mean velocity and kinetic energy profiles for spray jets with the case of φ = 0. They have predicted that the presence of the liquid droplets results in increase in the centreline mean axial velocity (about 41.5% increase to the single-phase jet) and simultaneous decrease in the spreading rate of the jet (about 26% to the single-phase jet) [14] . The slower decay of the mean axial velocity in the two-phase jet is due to the considerable momentum transfer from the inertial droplets to the gas-phase as well as a reduction in the gas-phase turbulent kinetic energy. However, study of the effect of droplet mass loading φ on the gas-phase flow structure is beyond the scope of the present paper and needs to be taken up in future.
Numerical results for the liquid-phase
In this section, the numerical results for the spray jet case LFS are presented and validated against experimental measurements. Figure 2 shows the overall droplet number-mean axial velocity v z ,l (x) (defined by Eq.27 of Ref. [22] ) contours in the spray jet. The droplet number-mean axial velocity remains almost unchanged within the potential core near the nozzle exit. However, beyond z/d jet = 5. Thereafter, the particle velocity decreases due to the spreading of the spray and simultaneous transfer of the momentum to the gas through drag forces. As it is observed in Fig.2 , the number-mean axial velocity profile of droplets is quite similar to the velocity profile of a conventional jet. Shown in Fig.3 are the radial profiles of the number-mean axial velocity of the droplets conditioned on different droplet size classes, at different downstream locations and compared with the PDI results of Ref. [16] . The difference of around 10% may be attributed to the overprediction of the jet spreading rate by the k-ε model (previous studies have observed a deviation of the order of 20% in the gas-phase spreading rate). With this perspective, it may be argued that the present simulations quite accurately predict the droplet velocity profiles. In general, the droplet velocity profiles suggest that the investigated spray-jet behaves more like a conventional jet flow. It is observed that, close to the nozzle exit (z/d jet = l), the axial velocity exhibits a nearly top-hat profile (not shown here); this indicates the existence of a potential core. However, the velocity profile gradually transforms into a bell-shaped profile as the spray jet continues to diverge in the downstream. This phenomenon is due to the entrainment of the ambient air into the spray jet near the edges of the spray. As the slow moving air penetrates inwards, the potential core of the spray is still able to maintain its high initial velocity up to the axial location z/d jet = 5, but, further downstream, the potential core vanishes rapidly with subsequent decrease in the droplet number-mean axial velocity along the centerline for all the droplet classes. Figure 4 shows the normalised centerline number-mean axial velocity (v z,l ) CL of droplets conditioned at different size classes. The normalization is done using the centerline axial mean velocity (v z,l ) 0 conditioned on different droplet size classes at the exit of the nozzle, and, the coflow velocity, (v Z,l ) ∞ . Note that, the experimental data for the droplet velocity at z/d jet = 0.5 is used as the nozzle exit condition for the computational purpose. Initially, just downstream of the nozzle exit, droplet centerline axial mean velocity remains almost unchanged. Droplet velocity decreases at the end of the potential core z/d jet = 5, and the droplet centerline velocity excess, (v Z,l ) CL − (v Z,l ) ∞ , conditioned on a particular size-class continues to decrease linearly and appears to become self-preserving beyond z/d jet = 15. The self-preserving relation of the decay of the velocity excess of a co-flowing jet flow is given as, (10) where, z 0 is the virtual origin, and, a is a constant related to the decay rate of the jet. The present numerical simulations yield value of a to vary between 6.6 and 6.8. However, experimental results [16] reported the value of a to vary between 7.2 and 7.5. Again, this is attributed to the over-prediction of the jet spreading rate due to the k-ε model. It is observed from Fig.4 that the larger droplets accelerate near the nozzle exit up to z/d jet = 5, whereas, smaller droplets decelerate. Also, larger droplets exhibit a less degree of deceleration compared to the smaller droplets beyond z/d jet = 5. Similar observations were reported in the previous experimental works on evaporating [16] , and, nonevaporating [13, 37] spray jets. The normalised droplet axial mean velocity (v z,l − (v z,l ) ∞ )/((v z,l ) CL − (v z,l ) ∞ ), and, the r.m.s. of fluctuating velocity v′ z /((v z,l ) CL − (v z,l ) ∞ ) are plotted against the normalised radius r/(z − z 0 ) at different axial locations for the droplets conditioned on D p < 3µm in Fig.5 . It is observed that both the droplet axial mean-and fluctuating velocity profiles exhibit self-similarity beyond z/d jet = 15.
The half-radius of the spray jet R 0.5 , is defined as the radial location, where the excess axial mean velocity, v z,l − (v z,l ) ∞ , reduces to one-half of the excess axial mean velocity on the centerline, (v z,l ) CL − (v z,l ) ∞ . The normalised half-radius R 0.5 /d jet of the droplets (conditioned on D p > 3 µm) is plotted against the normalised axial distance z/d jet in Fig.6 . The result illustrates that the normalised half-radius increases nearly linearly with the axial distance.
Turbulent dispersion
Small droplets have low relative inertia compared to the large droplets, and, hence, tend to follow the turbulent fluctuations of the gas flow more closely. Therefore, the turbulent International journal of spray and combustion dynamics · Volume . 1 · Number . 2 . 2009 185 fluctuations of the droplets with diameter less than 3 µm are monitored in order to determine the development of the turbulent fluctuations of the gas-phase. Figure 7 demonstrates the radial profiles of the r.m.s. of droplet number mean fluctuating velocity (v′ r,l , v′ z,l ) of droplets conditioned on different size classes at different axial locations (LFS). The computed profiles qualitatively follow a similar trend as predicted by the experimental measurements of Chen et al. [16] except in regions very close to the centerline, downstream of the nozzle exit. This difference in the predicted r.m.s. of droplet fluctuating velocity may be attributed to the isotropic assumption in the dropleteddy encounter model of Gosman and loannides [27] , as the underlying flow is highly anisotropic. A droplet-dispersion model based on higher-order turbulence closure may be expected to overcome this problem [22] . It is observed from the Fig.7 that the maximum difference in the radial-and axial component of the fluctuating velocity occurs near the nozzle exit (around z/d jet = 5), within the mixing layer between the high speed spray jet and the surrounding slow-moving co-flow. Subsequently, this difference decreases as we move downstream. It is also observed that beyond z/d jet = 25, the droplet fluctuating velocity (v′ r,l , v′ z,l ) almost equalise for all the droplet classes considered. The droplet fluctuating velocity near the nozzle exit is found to be very small (not shown here). However, further downstream, this becomes significant due to the interaction between the gas-and liquid phase, where, the droplets gain the turbulent kinetic energy lost by the carrier gas-phase. It is well-known that a considerable amount of the gas-phase turbulent kinetic energy is generated within the thin mixing layer downstream of the nozzle exit. Therefore, near the nozzle exit around z/d jet = 5, the axial component of droplet fluctuating velocity (v′ z,l ) for all the droplet classes considered peaks within the mixing layer (around r/d jet = 0.4-0.6) where the production of the gasphase turbulent kinetic energy is highest. However, as the turbulent kinetic energy diffuses radially inward with increasing axial distance, the peak of the droplet fluctuating velocity shifts toward the axis. Consequently, the centerline droplet fluctuating velocity v′ r,l , v′ z,l continues to increase upto z/d jet = 10. However, further downstream, the 
Here, Re t = v′ z,g l/ν g is the turbulent Reynolds number, and, ε = v′ 3 z,g /l is the dissipation rate of turbulent kinetic energy. The longitudinal integral length scale, l, is taken to be 0.65 R 0.5 . The r.m.s. of axial fluctuating velocity (v′ z,g ) and the integral length scale is obtained for droplets conditioned on D p < 3µm [16] . Fig. 8 shows the radial profiles of the averaged Stokes number (St -= τ p /τ η ) for the LFS-case, at three different axial locations. The smaller the Stokes number for droplets of a particular diameter, more easily it can follow the fluctuations in the gas-phase. Based on this argument, the r.m.s. of droplet fluctuating velocity at z/d jet = 5 become highest for the small droplets
Re . Figure 9 shows radial profiles of the mass flux of acetone droplets (M . d ) and evaporated acetone (M . g ) for the LFS case at different axial locations from z/d jet = 5 to 20. The predicted profiles of the mass flux match reasonably well with the available PDI measurements [16] . A relatively larger radial dispersion of the gas-phase is observed at all the downstream locations compared to the droplet-phase. Similar observations were also reported in the previous experimental work on evaporating spray jets [16] .
Evaporation rates and droplet-diameter distribution
Shown in Fig. 10 are the radial profiles of droplet Sauter Mean Diameter (SMD), commonly denoted as d 32 , at different axial locations for two different spray jet configurations. The predicted droplet SMD follows the similar trend as measured by the experiment [16] . It is observed that on the jet axis, SMD increases mono-tonically with the normalised axial distance, up to z/d jet = 25 for all the cases. The increase in droplet SMD is related to a faster decline in the number of small droplets than the large droplets, as the instantaneous droplet diameter continues to increase as we move downstream (not shown in the figure) . It is because of two reasons: 1) a greater number of small droplets are transported away from the axis than the large ones due to turbulent dispersion, and, 2) due to the shorter life time, t e of the smaller droplets. The droplet life time t e is expressed as,
Further downstream, the SMD decreases mainly due to the evaporation of the large droplets. Another important observation can be made from Fig. 10 is that SMD decreases monotonically with the radial distance at all the axial locations except z/d jet = 5, where we observe a peak in SMD near r/d jet = 0.4-0.6 for both the cases considered here. It is believed that the higher turbulence level at this locations (see Fig.7 , where droplet number-mean axial r.m.s velocity peaks near r/d jet = 0.4-0.6 at z/d jet = 5) results in a faster decline in the smaller droplets due to turbulent dispersion, resulting in local peak in SMD around this region. Figure 11 shows the computed probability distribution P(D p ) of the instantaneous droplet diameter (D p ) along the centerline of the spray jet LFS. The D p distribution shows a peak around 13 µm near the nozzle-exit (z/d jet = 0). The peak gradually shifts towards the large diameter side as we move further downstream with simultaneous decrease in the number of small diameter droplets. This suggests that, around the centerline, the small droplets are likely to more rapidly evaoprate/disperse in comparison to the large droplets.
Droplet velocity-diameter correlation
Shown in Fig. 12 is the axial evolution of the droplet-diameter versus axial velocity along the centerline (LFS). It is evident that the axial velocity of smaller droplets varies over a larger range of values, than that of the larger droplets. The small droplets with a relatively short droplet response time τ p , decelerate faster than the large droplets. The axial velocity of the large droplets remains almost unchanged up to z/d jet = 10, but thereafter, begins to decrease. Figure 13 is a scatter plot of the instantaneous droplet diameter versus axial fluctuating velocity distribution along the centerline (LFS). The droplet axial fluctuating velocity is very small near the nozzle-exit for all the droplet classes. Farther downstream, the axial fluctuating velocity attains a maximum between z/d jet = 10-15. Also, small droplets with St < 1 display a large range of fluctuating velocity than the large droplets.
CONCLUSIONS
In this paper, a numerical study of well-defined spray jets of acetone has been presented. The numerical predictions have been extensively validated for different droplet classes with the available experimental measurements of Chen et al. [16] .
The agreement of the present calculations with the measurements is found to be very good for most of the cases. This indicates that the underlying physical phenomena have been appropriately modelled. The major findings of the above study are summarized as follows: 1. A self-similarity is observed for the computed droplet velocity profiles (both mean and r.m.s of the fluctuating velocity), downstream of the nozzle exit beyond z/d jet = 15. A potential core exists for z/d jet < 5, where the droplet number mean velocity remains unchanged, beyond this droplet velocity decreases as the relatively slower air entrains the jet. 2. The radial profiles of the droplet number mean axial r.m.s. velocity shows two distinct features. Near the nozzle exit up to z/d jet = 5, where a potential core exists, it peaks around r/d jet = 0.4-0.6. Farther downstream, the peak occurs along the centerline. The centerline axial r.m.s. velocity continues to increase up to z/d jet = 10 and then decreases. Future work includes an extension of the present model to account for the collision/breakup of droplets, modelling of dense sprays, as well as, study of turbulent reacting sprays.
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